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ABSTRACT

Multiphase flow systems occur in a variety of industrial applications and are prevalent
in nature. The focus of this dissertation is on experimental investigation of such flows in
laboratory scale setups for the purpose of better understanding the futedapwvatidation of
numerical simulations and models, and derivation of correlations for practical applications.

Two major types of flow were studied including a-jgsid two phase flow inside a
Taylor-Couette vortex reactor and a seliguid flow of water flow around a train of solid
spherical particles inside a square duct. For the T&tarette system, characterization of
mass transfer from gas into liquid phase was the main focus. In addition, the size and shape of
the bubbles were measured andeted in order to quantify the mass transfer coefficient.
This was followed up with the study of the effect of interfacial tension on the system using
ethyl alcohol as a surfactant.

The duct flow around a train of gizles was studied in order to enable observation of
the interaction between arrangements of particles and the flow field. The velocity field data
from Particle Image Velocimetry (P1V) experiments served as a validation case for Particle
Resolved Direct Nmerical Simulation (PRONS). The number of spheres in the train
arrangement was varied as well as their distance. The work performed for the two different

setups are separately introduced in the following.



CHAPTER 1

INTRODUCTION

Multiphase flow systems occur invariety of industrial applicationsnd are prevalent
in nature The focus of this dissertation is on experimental investigation of such flows in
laboratory scale setups fibre purpose dbetter understanding the fundamentaididation of
numerical simlations and models, and derivation of correlations for pracjgglications

Two major types of flowwerestudied including a gagjuid two phase flow insida
Taylor-Couette vortex reactor and a seliguid flow of water flow around a train afolid
sphericalparticles inside a square du€or the TaylotCouette systemcharacterization of
mass transfer from gas into liquid phase was the main focus. In addition, the size and shape of
the bubbles were measured and observed in order to quantify tsetranasfercoefficient.
This was followed up with the study of the effect of interfacial tension on the system using
ethyl alcohol as a surfactant.

The duct flow around a train of particles was studied in order to enable observation of
the interaction betwen arrangements phrticlesand theflow field. The velocity field data
from Particle Image Velocimetry (P1V) experiments served as a validation case for Particle
Resolved Direct Numerical Simulation (HBNS). The number of spheres in the train
arrangemet was varied as well as their distand&e work performed for the two different

setups are separately introduced in the following.



1.1 Taylor-CouetteGasLiquid Vortex ReactoMassTransfer

Mass transfer irgasliquid agitated vessels is a problem withportant industrial
applicationsandit has been studied extensivelgterphase mass transfera key component
in design, scaleip and optimization ofeveralmultiphase chemical and biological reactors.
Various types of reactors such lagbble columngBehkish et al., 2007; Calderbank and
Lochiel, 1964; Heijnen et al1984; Linek et al., 2005b; Dale D Mcclure et al., 2015; Pittoors
et al., 2014; Vasconcelos et al., 20@3ired tankgBouaifi et al., 2001; Hassan et al., 2012,
Kapic and Heindel, 2006; Labik et al., 2014; Schluter and Deckwer, 1992; Ungerman and
Heindel, 2007) anddifferent wall-driven gadiquid reactors(Baier et al.,2000; Haut et al.,
2003; Hubacz and Wr o Esdd typicalywused for sudleapplicatiorst a |
Liquid side mass transfer resistance at gsid interfacess usually assumet limit
the interphase mass transport, ahence,gas side mass transfer resistance is neglected
(Deckwer et al., 1974 herefore the liquid side volumetric mass transfer coefficidod)(is
used to compute the overall mass transfer rate acros$lajgakinterface Most of the mass
transferstudies have focusemh bubble columngAsgharpour et al., 2010; Chen &t 2013;
GarciaAbuin et al., 2013; Jia et al., 2015; Koide et al., 1985; Vazquez et al.,, 200@ugh
various other reactors have also been consid@edectk and Heideger, 1971; Moraveji et
al., 2012; van der Meer et al., 1992; Zhang et al., 208any studies have focused of
developingexperimentakorrelations forcalculation ofinterphase mass transfer coefficients
(Baier et al ., 2 0 0 0-OchtatandsGloraez, 2Q05; Hill, 2006; Xrong 1 ;
and Carlucci, 1976; Wongsuchoto et al., 2008a)l proposing reliable numerical models for
simulation of interphase mass trandiduang et al., 2010; Wang and Wang, 20@&8veral

factorsincluding gas holdup and bubble size, slip velocity, and turbulent energy dissipation

G



rate affect the mass transfer coefficient whictiepend on other factors such aseactor
operating conditions, geometry, and physical properties of the gas and liquid phases.

Taylor vortex flow occurs in the annular space between two concentric cylinders, with
a rotating inner cylinder and a fixed outer cylinder. The instabibineflow patterngroduced
in this canonical flow geometry have been studietensively(Andereck et al., 1986; Bilson
and Bremhorst, 2007; Dong, 2007; Donnelly, 1991; Fenstermacher et al., 1979; Lathrop et al.,
1992; Pirro and Quadrio, 2008; Pudjiono et B992; Swinney, 1978; Taylor, 1923; Wang et
al., 2005a; Wereley and Lueptow, 1999, 1998% the rotation speedf inner cylinder
increases above a critical value, the fluid undergoes transition from laminar Couette flow
(circular flow with only an azimihhal component) to laminar Taylor vortex floand then
higher order instabilities such as wavy vortex flow, modulated wavy vortex flow, and turbulent
Taylor vortex flow(Andereck et al., 1986; Coles, 1964; Wang et al., 2005a, 2085thflow
patternsareused in applications such as water purificaijpatta and Ray, 2004emulsion
polymerization(lImamura et al., 1993; Kataoka et al., 199ijuid-liquid extracton (Baier et
al., 2000; Dais and Weber, 1960pigment preparatio(Kim et al., 2014,) photocatalysis
(Sczechowski et al., 1995ulture of animal cell§Haut et al., 2003; Qiao et al., 2014b; Sorg
et al., 2011)and cultivation of microalgagBrown et al., 1964; Kliphuis et al., 2010; Kong
and Vigil, 2014; Kong et al., 2013; Oasmaalet 2009)

Although sngle phase Taylor vortex flow has be#oroughly studiedbver many
years, multiphase Taylor vortex floiw relatively less understood speciall§th respect to
mass transportintroduction of a second fluid phasmto a Taylor vetex reactor causes

differentinstabilities and flow patterrte arise(Baierand Graham, 2000; Campero and Vigil,

1999, 1997; Dguska et al., 2004, 2001; Josecg



et al ., 2008; Renardy and Joseph, 1985; Wroda
2000) and addition of a send gas phase reduce teag on the rotating inner cylinder
(Chouippe et al., 2014; Maryami et al., 2014; van Gils et al., 2013; Van Gils et al., 20E)
researcherBavestudied suclgasliquid interactions in TayleCouette flowsecently(Djeridi
et al ., 2004; DRPWOslk a Haitb azclz. ,an2Ad0O0M oE&s ki, 20014
Most studies on development efnpirical correlationdor gag liquid mass transfehave
focused of other types of reactors suclbasble columa (Colombet et al., 2011; Gourich et
al., 2006; Kawas et al., 1987; Muroyama et al., 2018rlift reactors(Cockx et al., 2001;
Huang et al., 2010; Kawase and Hashiguchi, 1986y stirred tank¢GarciaOchoa and
Gomez, 2005, 2004; Gare@choa and Gémez, 1990zbek and Gayik, 2001d)here is even
far less information availabfer simulation ofinterphase mass transport in typbase Tayldr
Couette flowwith no previous model specifically developed for such systems.

Many factors such as presence of impurities, additives, or surfactants influence mass
transfer in a gaBquid system and the effect of surfactant has been widely st([digdomez
Diaz et al., 2009; Diego Gomdxiaz et al., 2009; Hebrard et al., 2009; Jamnongwong et al.,
2010; Ozbek and Gayik, 2001b; 8aing et al., 2006)nterfacial surface tension between gas
bubbles and the continuous liquid phase affects mass tr§Bsferet al., 2011; Chen et al.,
2013; Sardeing et al., 20Q®ubble siz€Alves et al., 2002; Dumont et al., 2006; Goriaz
et al.,, 2008; Jordan and Schumpe, 2001; Painmanakul et al., 2005oalescence and
breakup of bubblefAnastasiou et al., 2010; Chern et al., 2001; Sch et al., 2002; Walter and
Blanch, 1986) It is reported thataddition of surfactangenerallyincreases thespecific
interfacial surface area, by reducinghe size of bubble@Chaumat et al., 2007; Garefdbuin

etal., 2012, 2010; D. Goméiaz et al., 2009; Hebrard et al., 2009; Ozbek and Gayik, 2001b)



causes a highegas holdup(Hur et al., 2014)and reducesthe liquid side mass transfer
coefficient,k., (Belo et al., 2011; Mcclure et al., 201Fhegasliquid mass transfer raggets
affected by both thie. andareverselylt is generally expected that addition of a surfactant has
a much larger impact on interfacial surface area, and therefore the vilagrafreases with
introduction of additive (Asgharpour et al., 2010; Benedek and Heideger, 1&xBmples of
such sirfactants in aqueous systems include alc¢honhstasiou et al., 2010; Dumont et al.,
2006; GarciaAbuin et al., 2010; Hur et al., 2014; Jordan and Schumpe, 2001; McClure et al.,
2015) glycerol(Ozbek and Gayik, 2001jahe Tween familyBelo et al., 2011; Diego Gomez
Diaz et al., 2009)sodium siphite solution(Linek et al., 2005a, 2004)onic surfactants
(Moraveji et al., 2012)and various sugaf€hern et al., 2001; Dale D. Mcclure et al., 2015)
Three separate articles are presented Heseriling the development of empirical
correlations for bubble size and volumetric interphase mass transfer coeffiti@MAPTER
2, studying the effect of surfactant on bubble size and mass transfer coefficiHRRTER
3, and proposinga computational approach for calculating mass transfer by selecting
appropriate models I@HAPTER 4 For afixed reactor geometry (cylinder radii and length)
themass transfer coefficient and droplet diamaterfound as functions akial and azimuthal
Reynolds number&mpirical correlations are proposed for calculation of theseneas and
theresults are then compared with similar correlations for bubble coldmansontal Taylor
Couette reactors, and stirred tar&gbsequently, the results are extenedclude the effect
of interfacial surface tension on the volumetric itjside mass transfer coefficient as well as
the size distribution and shapes of bublitethe sameeactorand it is shown that the results
dependon the Capillary numbeas well In addition, numerical simulation of this system is

presented andhterphase mass transfer coefficient is calculat®d integrating local fluid



velocity and phase distribution informatiosingwell-known theoretical models for interfacial
mass transportFinally, the proposed numericahethod is validated using the existing

experimental results.

1.2 Flow Field Investigatiorarounda Train of Particles ia Square Duct

Multiphase flow occurs iwvariousindustrial applications andre abundant in nature.

The study ofthe micro scaleof multiphase flow systems is necessary d@veloping a
fundamental understanding tifis relatively complex phenomenoRarticularly, twephase
fluid-solid flow is encountered in a variety of industrial applicatiidai and Grace, 2010;
Wang et al.2004) Several interesting aspects of these systems such as the effects of fluid
phase hydrodynamics on the aggregation and dispersion of solid pgiictdsand Brady,

1985; Lim et al., 1995; Mehrabadi et al., 2018%)e properties of the solid phase such as
elasticity and friction(Mehrabadi et al., 2016a@lectrostatic charges and surface properties of
particles(Royer et al., 2009)andeffects of the shape of the solid phase partieswert et

al., 2014)have been studidd fluid-solid twophase systems.

Various studies have been performed in order to provide a better understanding of
multiphase flow gstems using theoretical analy¢isoch and Brady, 1985; Schlichting and
Gersten, 1979)experimental measuremdBachalo, 1994; Dai and Grace, 2010; Tsuji et al.,
2003) and numerical simulatigffrox, 2014, 2012; Van Wachem and Almstedt, 2088yeral
operating parameters such as flow rate, pressure drop, bed height, particlevegrry
clustering or preferential accumulation, fluid entrainment, and particle attrition acaltyp
required for a successful desigviost of the studiesin this areaconsider porous media or a
fixed or fluidized bedTang et al., 2016; Wang et al., 200€)ustering of particles is also of

particular interest in such flow syster(Gapecelatro et al., 2014previous studies have



investigated fluid flow around different arrangements of spherical solid particles based on drag
force measuremer(tiang et al., 1996; Zhu et al., 1994)umerical investigation of flow
around multiple sphergdadoon et al., 2010; Maheshwari et al., 2006; Prahl et al., 2009, 2007;
Tsuiji et al., 2003)andexperimental field measurement of similar geome{i@&sn and Wu,

2000; Ozgoren, 2013; Pinar et al., 2013; Tsuji et al., 1982)

Heat anl mass transfer between the two phases and possibly chemical reactions in
either or both phases occur in many industrial application of multiphasg(@ben et al.,

1997; Sun et al., 2016, 2015; Tenneti et al., 2@IR) afundamental understanding of the
hydrodynamics in such flow systems is crucial for correctly predictingraspects of these

flows. Understanding the mesoscale and microscale phenomena involves studying the
interaction of the dispersed phase with the continuous phase and also the dispersed phase
interactions inthe presence of the continuous phase. In thaeod of solidfluid two phase

flows, there are several studies that are used as benchmark for validation of numerical
simulations that involve flow around single bluff bod{@chenbach, 1974; Sakamoto and
Haniu, 1995; Sakamoto at, 1990, 1989; Taneda S, 1956; Taneda, 1¥3ome cases with

flow around multiple bodieErgun and Orning, 1949; Tsuji et al., 1982d numerical models

can be validated against the resuftsuch studies.

A successful simulation requires appropriate closure models that can possibly be
provided using experiments and analytical modeling. However, the complex nature of these
flows makes these approaches challenging and experimental investigations in sprecific,
inherently difficult due to the presence of the particles that inhibits access and hinders data
collection from inside the bed. This causes many of the small scale phenomena occurring inside

the flow to be not traceable directly and only local and ayereadings are available. In



contrastyery detailed information can be acquired udbagect Numerical Simulation (DNS)
of such flows and if simulated appropriately, can provide the necessary data to develop and
validate closure model®lehrabadi et al., 2015; Sun et al., 2015; Tang et al., 2016; Tenneti
and Subramaniam, 2014; Tennetakt2013, 2011, 2010 is of utmost importacethat these
simulations are carefully validated anecent flow visualizations methods such as Particle
Image Velocimetry (PIVare great candidates for this purpose. PIV allows for practically non
intrusive measurement of the velocity field in contrast to point measurements using other
methods that provides plenty of data for validatiRacently, several studies have been done
by different researchers in a variety of geometf@sen and Wu, 2000; Johnson and Patel,
1999; Liang et al.1996; Maheshwari et al., 2006; Ozgoren, 2013; Ozgoren et al., 2014, 2013,
2011; Pinar et al., 2013; Prahl et al., 2007; Tsuiji et al., 2003, 1982; Zhu et al., 1994)

Two separate articles are presented here describing the experimental study of flow
arourd a train of particles I€tHAPTER 5and a comparison withumericalsimulation for
some of the studied casesSGHAPTER 6 A simplified case of a train of successive spherical
solid particles inside a liquid flowing medium confined in a square duct is experimentally
studied and results are presented. These tsesuk of particular interest in validating
multiphase flow models and also for developing a fundamental understanding of the interaction
of the distributed and the continuous phases in such flowBarficle Resolved DNS (PR
DNS) simulationrmethod igntroducedand validated using experimental data. This simulation
methods capable of providing numerical correlationstfeedrag coefficient, Nusselt number,
and Schmidt number along with closure models for pseudo turbulent terms in the Favre

averaged commuum equations.



CHAPTER 2
EXPERIMENTAL MEASURBMENT OF OXYGEN MASSTRANSFER AND BUBBLE
SIZE DISTRIBUTION INAN AIR-WATER MULTIPHASE TAYLOR-COUETTE

VORTEX BIOREACTOR

This chapter is an article published in Chemical Engineering JoiRaatezani et al.,

2015) | am the main camibutor to this work.

2.1 Abstract

Experimental measurements of the volumetric liquid mass transfer and bubble size
distribution in a vertically oriented se+batch gadiquid Taylor-Couette vortex reactor with
radius ratiod=ri/ro=0.75 and aspect ratio=h/(ro-ri)=40 were performed, and the results are
presented for axial and azimuthal Reynolds number ranges 6flR8143 andRey=0-
3.5x1d, respectively. Based on these data, pelaar correlations are presented for the
dimensionless Sauter mean diameter, bubble size distribution, bubble ellipticity, and
volumetric mass transfer coefficient in terms of relevant parameters including tharakial
azimuthal Reynolds numbers. The interaction betweenduaién Taylor vortices and the
axial passage of buoyandyiven gas bubbles leads to significantly different dependencies of
the mass transfer coefficient on important operating parameterasuaer cylinder angular
velocity and axial superficial gas velocity than has been observed in horizontally oriented gas
liquid Taylor vortex reactors. In general, the volumetric mass transfer coefficients in vertical
Taylor vortex reactors have a weaklependence upon both the axial and azimuthal Reynolds
numbers and are smaller in magnitude than those observed in horizontal Taylor vortex reactors

or in stirred tank reactors. These findings can be explained by differences in the size and spatial
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distribution of gas bubbles in the vertically oriented reactor in comparison with the other

systems.

2.2 Introduction

Gasliquid mass transfer in agitated vessels is a problem with important industrial
applicationsand consequently it has been studied extensivetiyding the developmeruf
correlations for volumetric mass transfer coefficients. While most such studies have
concentrated on stirred tankBouaifi et al., 2001; Kapic and Heindel, 2006; Schliter and
Deckwer, 1992; Ungerman and Heindel, 200v)bubble columngBehkish et al., 2007;
Calderbank and Lochiel, 1964; Linek et al., 2005b; Vasconcelos et al.,, 28@8)ely few
investigations have considered mass transfer indvalen gadiquid flows. In this work, a
mass transfer correlation is developed for skaich gadiquid Taylor vortex flow wherein
fluid motion is driven byhe rotation of @ylinder and byaxial passage of buoyagasbubbles

Taylor vortex flow occurs in the annular space between two concentric cylinders, with
a rotating inner cylinder and a fixed outer cylinder, as shoviaigare2.1. The flow patterns
and instabilities produced in this canonical flow geometry have been extensively studied over
the course of many decad@sdereck et al., 1986; Bilson and Bremhp2907; Dong, 2007;
Donnelly, 1991; Lathrop et al., 1992; Pirro and Quadrio, 2008; Pudjiono et al., 1992; Swinney,
1978; Taylor, 1923; Wang et al., 2005a; Wereley and Lueptow, 1999, H@B)aylor vortex
flow patterns have been used in many varied applications such as water puril@attarand
Ray, 2004)emulsion polymezation(Imamura et al., 1993; Kataoka et a95), liquid-liquid
extraction(Baier et al., 2000; Davis and Weber, 1960yment preparatiofKim et al., 2014)
photocatalysigSczechowski et al., 1995¢ulture of animal cell§Haut et al., 2003)and

cultivation of microalgagBrown et al., 1964; Kong and Vigil, 2014; Kong et al., 2013;
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Oasmaa et al., 2009)evertheless, despite the sustained and signtfatdention that Taylor
vortex flow has received and the multiphase nature of many of its applications, multiphase
Taylor-Couette flow remains relatively poorly understood.

The introduction of a second dispersed immiscible fluid phase in F@yloette low
strongly impact flow patterns and leads to many interesting phenomena. For example, if two
immiscible liquids are fed continuously to a horizontally oriented Taylor vortex flow cell, a
variety of spatial and spatiotemporal hydrodynamic structures(&aser and Graham, 2000;
Campero and Vigil, 1999, 1997; Zhu and V;jgi001a) More recently it has been reported that
the introduction of even a small amount of gas into a vertically oriented Taylor vortex flow
cell results in dramatic drag reduction on the rotating inner cylinder and nontrivial gas bubble
spatial distibution (Chouippe eal., 2014; Maryami et al., 2014; van Gils et al., 2013; Van
Gils et al., 2011)Somerecentstudies have been performed in order to charactémesegas
liquid interactions in TayleCouette flowqd Dj er i di et al ., 2004; Dgu
and WroGki, 2004.,; WroE&ski et al., 2005)

However, b our knowledge there exists no previous study of interphadegatmass
transfer in a vertically oriented Tayl@ouette flow device. Dlusketal. ( Dgus ka et al
2001) have investigated gdijuid mass transfer in a horizontal Taylor vortex reactor with
continuous cdlow of both phases. They presedtresults of both physical anchemical
absorption by studying the relationship between the volumetric mass transfer codifaient
and the dissipation energy of both axial and azimuthal flow.

In view of the existence of nontrivial flow patterns and phase distribution in a vertically
oriented sembatch gadiquid Taylor vortex reactor, as well as its potentially important

practical applications ibiotechnologyand other fieldsthe work presaed here describes the
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development of empirical correlations for bubble size and volumetric interphase mass transfer
coefficiens. Thefocus is on highazimuthal Reynolds numbers and gas flow rétes are

likely to berelevant to industrial applicationis.is shownfor fixed reactor geometry (cylinder

radii and length) that mass transfer coefficient and droplet diameter depend on both the axial
and azimuthal Reynolds numbers. These results are then compared with similar correlations

for bubble columnghorizontal TaylorCouette reactors, and stirred tanks.

2.3 Experimental Methods

2.3.1 Apparatus

A drawing of theTaylor-Couette apparatus used in this investigation is showigure
2.1. The rotating stainless steel inner cylinder has an outer radius of 3.81 cm and the fixed
transparent acrylic outer cylinder has an inner radius of 5.08esulting ina gap width of
1.27 cm. The length dhereactor is 50.8 cm arttie reator is filled to a height of h = 48 cm,
hence the total working volume of liquid (deionized water) is 1.70 L. The corresponding radius
ratio and aspect ratio of the apparatus are givendby/ro=0.75 and 0 = hJrij=40
respectively

During each experiment the annulus was first filled witbm temperature nitrogen
saturated deionized water. Although no specific measures were taken to control the fluid
temperature, thermocouple measurements at the top of the reactor showed thiairtafiggr s
the rotation of the inner cylinder and allowing the system to reach a steady state, the working
liquid temperature typically fluctuated less than 0.2 degrees during the duration of an

experiment.
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Figure 2.1 Taylor-Couette vortex reactor

The inner cylindemwas rotatedusing a computecontrolled electric motor (Applied
Motion STM series) mounted above the apparatus and connected to the inner cylinder with a
center slottedlisc flexible shaft couplefiMcMaster) Rotation rates of zero to 800 rpm with
increments of 100 rpm were studied in this experiment, produziguthal Reynolds

numbers, defined as:

YQ ———— (2.1)

up t03.5x10% For single phase flow, this range is well within the turbulent Taylor vortex flow
regime(Andereck et al., 1986)

Gas was continuously fed to the reactor through four equally spaced rsgiaimgs
(SureSeal Miniature Muffler) mounted in the annular region of the bottom plate. Alisat ga
flow rate controllers (MFC series) were used to control both the gas flow rate and the gas

mixture composition to within 1% of set point values. Gases were derived from compressed
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tanks and premixed before feeding to the reactor. In all experimentgagheonsisted of 79

mole percent nitrogen and 21 mole percent oxygen in order to approximate the composition of
air, and to avoid variations in humidityotal gas volumetric flow rates of 100 sccm to 1200
sccm were studied in this experiment with incretaesf 200 sccm. This corresponds to
volumetric flow rates in the range @059vvm t00.705vvm. The axial Reynolds number sva

defined as

YQ ——— (2.2)

using thesuperficialgasvelocity andthe hydraulic diameter of the annuldscial Reynolds
numbers ranged frorhl.9 to 143 corresponding to superficial gas velocities of 0.47 mm/s to
5.64 mm/s. In the absence of cylinder rotation, these gas velocities correspond to the bubbly
flow regime wha& compared to a bubble column with the same hydraulic diarf&teh et

al., 1982) A similar assumptiomeads to predictedas holdups of approximately = 0.03

0.04for the highest gas flow rate studigiampero and Vigil, 1999PDver long periodsf use

and high gas flow rates, heating in the control valves can cause controllers to register
unrealistically high gas temperatures, which in turn can affect flow rate accé@cthis
reasonthe feed gas temperature was carefully monitored durioly egperiment to ensure

that it remained constgrénd n the few instances when the gas temperature did not remain
constantthe experiment was aborted and the flow controllers were allowed to cool before
another run was performe#tach experimental conitbn considered here wadetermined
uniquely by therotational speed of the inner cylinder (rpm) ahd gas flow rate in vvm,

volumegas flowper minute per liquid volume.
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2.3.2 Bubble Size Measurements

Several investigators have measured bubble size htiqgad reactors(Akita and
Yoshida, 1974; Behkish et al., 2007; Boualfi et al., 2001; Polli et al., 2@0®) method to
measure bloble size is to extract a fluid sampled analyze the bubbleg situ.Samples taken
using thismethod vary in densityand there is a neaniform distribution of pressure at the
capillary entranceln addition,the velocity of the gasna liquid phases i@ different, which
results in biasedelectiors of bubble sizd Van 6t RToevtoid thds® prablegms this
work anin-situ optical techniquewas usedto measure bubble sizeSpecifically, digital
photographs of the annulus were acquired using a Nikon DSLR camera equipped with an
electronic flash and zoom lens adjusted to a focal length of 31.nmAnshutter speed of 1/500
s and an aperture ofl# were used to freeze bublpition and to ensure that the depth of
field was sufficient to produce sharp imagas example of which is shown kigure2.2. A 2
mm grid printed onto the outer surface of the rotating inner cylinder provided a reference length
scale. Although curvature of the transparent outer cylinder results in refractioti@hstahe
grid provides a means for estimating the severity of this distoiobbles appearing in the
middle of each frame were essentially undistorted tlaekforeonly bubbles appearing in the
mid frame regiorasdesignated ifrigure2.2 were measured.

Because the bubbles are ellipsoidibble size was measured by counting pixels and
using thecalibration scaléo determinanajor and minoexis lengths foeach bubbleDue to
the cylindrical shape of the reactor, the scale factorth&orizontal and vertical directions
differed by 8%. Since the major and minor axes of the bubbles are inclined in most cases, an
average of these two scales was used fobualible orientationsFor each experimental

condition studied, 10 photographs were acquired from which at least 150 individual bubbles
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were measured. Due to the rotanbmatureof the flow, it was assumed that consecutive
images at a fixed axial locatiomere representative of the azimuthal distribution of bubbles
and at least three images were processed for each case. In aduigwesy processed image,
bubbles from the bottom to the top of the reactor were meashezdby providing aomplete

axial sample of bubbles.

Figure 2.2 Sample bubble images including the measuring grid. Left: magnified view of bubble
measurement zone | middle: 300 rpt235 vvm | Right: 500 rpr0.705 vvm; white rectatg depicts

the complete bubble measurement area.

Figure2.2 shows sample bubble images dhdtrates the bubble measuring procedure.
The photgraphin the middle is for a moderatetation speed and gas flow raaedindividual
bubbles can clearlpe distinguished. On the left is a magnified portion of the same image

showingmajor and minolaxes of several bubbles marked with white lirkes. experiments
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performed with a combination of high rotation speed and gas flow rate, it is nearly impossible
to discernindividual bubblegiue to presence of bubble swarfikeright panel inFigure2.2
shows an image fahe highest cylinder rotation spe€D0 rpm)and gadlow rate (0.705
vvm) combination investigated for bubble size measuremeand the difficulty in
distinguishing individual bubbles is apparent
2.3.3 Mass Transfer Measurements

The rate of mass transport of oxygen from the gas to the liquid was determined from
temporal dissolved oxygen measurements. Specificattyinanmally invasive oxygen sensing
system (PreSens Fibox 4 transmitter and Pst3 sensor spots) was used to measure the time
dependent dissolved oxygen concentration in the deionized water at thesingabe of the
transparent outer cylinder at several locations along the main axis of the reactor. The optical
oxygen sensor system employs an external fiber optics laser probe to measure the oxygen
concentration at smallmm diameter patches mountedstuwith the inside of the stationary
outer cylinder wall. In particular, four circular patches of 1 mm thickness were mounted on the
inside surface at differemixial distancesf 5.1 cm, 12.7 cm, 25.4 cm, and 38.1 gr@asured
from the bottom of the reagtoThe small size and thickness of these patches make them
practically a norntrusive means of measurement. The accuracy of the measured
concentrations using this instrument&% for dissolved oxygen. The probe response time is
less than 6 econds while the shortest mass transfer response {ibiea) measured was
approximately 50econds

Oxygen mass transfer experiments were performed using a dynamic method based on
the measurement of the concentration of dissolved oxygen in{@ateriaOchoa and Gomez,

2009) A step change in the concentration of inlet gas resalia dynamic response in the
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concentration of oxygen dissolvadthe liquid phase, and these temporal concentration data
areused to calculate a mass transfer coefficient. Experiments were performed for a gas flow
rate range 00.059vvm to 0.705vvm ard rotation rates of up to 800 rprorrespondingo
axial Reynolds number rangimgtweenl1.9and143 and azimuthal Reynolds numbepsto
3.5x10% respectively.

In a typical experiment, the annular reactor was filled with room temperature deionized
wate. Use ofdeionized water is important due to the fact that presnce of ions in water
can reducé¢he average bubble sizghich results in a largespecificinterfacial aread) (Vand t
Riet, 1979) Subsequently, pure nitrogen gas was pumped through sparge stones (using a
separate gas flow controller than the ones used for the simulated air) into the bottom of the
reactor at a volumetric flow rate of 512 scenthout rotatingthe imer cylinder During this
oxygen displacement stagiee dissolved oxygen concentration was monitored, and after it
reached a minimum value of 0.15 mgtheflow of nitrogen was stopped and 5 minutes of
rest time was elapsed to ensure that nitrogen bubkits] the reactor

After executing the oxygen purge procedure described above, the inner cylasler
accelerated to the desireatation speed anfiow of simulated aicommencedt thechosen
volumetric flow rate. The dissolved oxygen concentratiors veantinually monitored
throughout this process until it returned to the initial value (approximately 8 mg/L) measured
before the oxygen purge began. Because the fluid flow does not respond instantaneously to the
step changes in gas flow rate and cylindgation speed, the dissolved oxygen measurements
obtained during the first 30 seconds after the simulated air is introduced into the reactor were

omitted from calculations of the volumetric mass transfer coefficient.
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A typical plot of the dissolved oxygeconcentration versus time during the three steps
described abovfxygen purge, no gas feed, and feed of simulated air) is shdvguire2.3.
Also indicated is the portion of the data that was used for mass transfer calculations described
in section2.4.1. At the end of data collection for a given experimental trial, the water was

replaced before repeating the protocol described above for the next trial.
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Figure 2.3 A full cycle of oxygeroncentration data collection, showing the portion used for
mass transfer calculations.

An attempt was made to quantify the variation of the mass transfer coeffidi
reactor axial position byneasuringk a at four differentaxial locationsfor the five cylinder
rotation/gas flow rate combinations @ rpm, 0.059vm), (100 rpm, 0.47@&vm), (200 rpm,
0.117vvm), (300 rpm, 0.11%&vm), and(400 rpm, 0.352/vm). It was observed from these
experiments that theariation of k.a with axial postion, with the exception of théocation
closest to gas inletvassmallerthan the accuracy of the measurements at a fixed axial position.

For this reasaomo further experiments were carriedt at multiple axial positionsnd instead
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the remaining data were colted at an axial position 12.7 cm above the gas feed, and these
data were deemed sufficient to compute representative average reactor mass transfer

coefficients.

2.4 Calculations

2.4.1 Bubble Size

It has been previously observed that for buoyashtyen flows in theabsence of
agitation (for example in bubble columns), bubbles take on the shape of oblate sgRelbids
et al., 2002; Popovic and Robinson, 19808)such cases the bubble minor axis is aligned with
the principle direction of their motion. In contrast, in the present case bubble motion is driven
both by flud shear generated by the rotating inner cylinder and by buoyancy. Even for the
lowest azimuthal Reynolds numbers investigatdet azimuthal motion of bubbles is
significant when compared to the axial distance of travel. Consequently, it is not surprising
that photographs of bubbles in the Taylor vortex reactor show that bubbleaxegaraearly
horizontal. Furthermore, because the sheared bubbles have a distinctly ellipsoidal appearance
with the major axis aligned horizontally with the azimuthal congporof velocity, it is more
appropriate to approximate their shapes as prolate spheroids rather than oblate spheroids,
except in the case of no cylinder rotation. The recent work of iab (Qiao et al., 2014a)
also suggestthatbubbles are stretched ciroterertially in Taylor-Couette vortex flow, and
at least one therinvestigation reporteg@rolate bubbles in a vertical Taylor Couette reactor
(van Gils et al., 2013)

In view of the above discussion aiwd the purpose of calculating bubble sizes, bubbles
were assumed to be oblate in the absencetafion of the inner cylinder whereas they were

assumed to be prolate for cases with cylinder rotation. Specificadlyydlume equivalent
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bubble diametewas computed using Eq(2.3) and @.4) for oblate and prolate spheroids,

respectively.

Q:; Mg (2.3)

Q Naéa (2.4)
wherel is the major diameter of the spheroid and the minor diameter. Subsequently, the
Sauter mean diarter for a population of bubbles is obtained from &%) (Asgharpour et

al., 2010; Shah et al., 1982)

BQj

Q5 B, @9

The above approach for computing the Sauter mean diameter assumes that bubble
elongation, as determined by the ratio of the major to minor axis, is modest. Howeverfor non
spheroidal bubbles a more elaborate calculation of bubble diameter is possilgigestexiby
Muroyamaet al (Muroyama et al., 2013, 2012pince in all cases studied hdvebble
elongation was significant (with maximum aspect ratios typically ranging from.Q)5the
latter method was employed. This method requires calculation of the surface equivalent
diameter using Exy (2.6) and 2.7), assuming prolate or oblate spheroids respectively

(Weisstein, n.d.)

Here,the ellipticity of a spheroid isalculated using

0O p — (28
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whereE is equal to ondor the case of a spherBased on these definitions, it is possible to
calculate a Sauter diameter for each individual bubble defined as

, Qq
Q Q; (2.9)

These Sauter diameters weaused for the calculation of the mean and standard
deviation for the bubble size distribution presented in sedtittowever, for the calculation
of the Sherwood numbera Sauter mean diameter is used to represent the average bubble
diameterdefined by:

BQj

Q B, (210

It is important to note that the mean of the bubble Sauter diameters calculated using
Eq. (2.9) is different from the Sauter mean of bubble diameters calculated usir{g.H
presents a comparison between the different definitions of bubble diameters given here for the
case of 300 rpm ar@470vvm from a sample of 151 measured bubble diameters. The brackets
denote sample meanThe case reported ihable 2.1 has a mean ellipticity of 0.660 and
minimum andmaximum ellipticities of 0.035 and 0.96¢respectively. These same values
correspond to a mean of 1.47, minimum of 1.00 and a maximum of 3.75 for the bubble aspect

ratio, which issimply the ratio of the major diameter over minor diameian) (
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Table2.1 Comparison of mean bubble diameter values using different definitions, 30@HAdvvmM.

All values are in mm.

Definition | Prolatespheroid| OblateSpheroid| Equation
MO 327 3.70 2324
@Hh,O’ 3.32 3.77 26,2.7
MmO |3.19 3.57 29

Gm, |0.94 1.05 29
. 3.87 441 25
= 3.76 4.24 2.10

Table2.1 demonstrates a significant difference in computed diameters depending upon
whether bubbles are assumed to be prolate or oblate spheroids. Relatively smaller difference
in the Sauter mean bedwn prolate and oblate spheroatxurs using Eq(2.10) rather than
Eqg. (2.5). It is worth noting that the mean of the Sauter diameter caldulaieg Eq (2.9) is
smaller than the Sauter mean diameter calculated aghey Eq. (2.5) or Eq. (2.10)

2.4.2 Mass Transfer Coefficient

In order to compute a volumetric mass transfer coefficient basedautpoa series of
dissolved oxygen concentrat®nt is necessary to invoke an approximation concerning the
mixing of the liquid phaseConcentration measuremerisdissolved oxygen wengerformed
at four different axial positions and the mass transfer coefficienfomasl to be independent
of axial position within the accuracy of the measurement method used in this study and
accordingly, the liquid phase was asgd to be welmixed.Hence an oxygen mie balance

on the liquid phaseasuming that no oxygen issdolved in the liquid initially)eads to
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where C'#° and Ci# are the oxygen concentrations in the liquid for saturated
conditions and at an arbitrary timpegespectivelyais the specific gaquid interfacial surface
area andk. is the liquid volumetric mass transfer coeffici¢@arciaOchoa and Gomez,
2009) It should be mentionetthatalthoughthe initial concatration of oxygen is measured for
each experiment, assuming a value of zefiostead of themeasuredinitial oxygen
concentratiopndoes not changthe computed value ok.a and thereforeeq. (2.11) may be
used without modificationHowever, this equatiodoes require an accurate value for the
saturation concentratiad®’, which depends upon temperature. The temperature dependence of
the saturation concentratioves determined using the correlation of Battetal (Battino et
al., 1983)

z

0 QuNUAPX OB wwcdwg & pcaidi(212

whereU= T/100K, the temperature is in Kelvins a@d has units of MlgasyL (Liquid).

A typical plot of experimental daiccording to Eq(2.11) for five different cases is
depicted inFigure2.4. Over arelativelylongrange of timehe plos arelinear, suggesting that
the wellmixed approximation is justied. Hence, by fitting a linéo the linear portion of the
curve, kia can be estimated from the slope.dih cases studied in this wotke linear fit

resulted in a normalized squared residual of 0.995 or greater.
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Figure 2.4 Sample linear plot for calculation of& for five of the cases studied in this work.

2.5 Resultsand Discussion

2.5.1 Bubble Size

The Sauter mean bubble diameter is reportedable 2.2 for all casesfor which
measurements were acquired. The two missing entries in this table are a result of experimental
conditions that produce bubble swarms, thereby making it impossibleitgdish individual

bubbles.
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Table2.2 Sauter mean bubble diameters measured for different cases.

m
0 100 | 300 | 500
vvim
0.059 2.12| 2.24| 3.28| 3.82
0.235 2.26(2.69| 3.38| 4.06
0.470 291|3.42|3.76
0.705 3.111 3.06| 4.11

Individual measuredmajor and minor axislimensions arg@lottedin Figure 2.5 for

experiments carried out with no inner cylindetation. For comparison hte data of Akita and

Yoshida(Akita and Yoshida, 1974)btained usin@ bubble columare also shown. évever,

the gas flow ratéor which those investigators obtained their data wasepuirted With this

caveat, it is appareritom Figure 2.5 that the oblategas bubbles observed in the annular

geometry are more ellipsoidal than those found iniadsttal bubble column. Evidently, wall

effects associated with the annular flow result in greater bubble distortion than in the

cylindrical bubble column.
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Figure 2.5 Comparison of individual measured bidkdimensions for nerotating cases
against bubble column daféAkita and Yoshida, 1974)

In order to generalize these results, a bubble diameter correlation was developed based
upon the two variables considere@dmely the cylinder rotation speed and the gas flow rate.

The effect of the waltriven flow can be represented by an azimuthal Reynolds number,
definedby Eq. (2.1). Similarly, the strength of the axial gas flow can be quantified by the axial
Reynoldsnumber as defined in E(R.2).

Although the bubble diameter should depend upon the superficial gas velocity, it can
be expected that other factors, such as the bubble buoyancy and surface tension also play
important roles. However, in this study a singlar of fluids was used, and therefore the
densities of the fluids and the interfacial surface tension were not varied. Hence, in developing

a correlation for the mean bubble diamet#gherfactors that may be important for a more



28

general correlatiowere omitted such as the Bond numbeMevertheless, since aqueous
solutions in contact with low molecular weight gases are common, the correlations developed
here may have wide applicability.

Here it is assumetthat the Sauter mean diameter can be correlaittickhe azimuthal
and axial Reynolds numbeusing a power law relatioffhe correlation also ensures that the
bubble size has a naero value at zero azimuthal Reynolds numbke fbllowing expression

wasthenobtained using nonlinear least squaresasgjon

— P8 P YP YQ o® pm @ (2.13)

A comparison of the dimensionless bubble diameters predicted by this correlation
versus experimentally measured valuepressentedn Figure 2.6, which demonstrates close
agreementuantified bya normalized R value of 0.983.For small azimuthal Reynolds
numbersthe constant in parenthesis dominatesjthe bubble size is relatively independent
of the rotational speed of the inner cylindBor larger azimuthal Reynolds numbers, the
monotonic increase in bubble size can be explained as follows. It was observedhbanaer
cylinder rotation speed imeasesthe gasubblesform bandsat boundaries betweéraylor
vortices, similar tdhoseobserved byHubacz and Wronski Hubacz and .\Wr o (s ki
addition, althouglgas holdupnvas not measuredur visual observationsre consistent with
the hypothesishat gas holdupcreasesvith increasingotational speedAs a result of these
two factors(increased bubble proximity and gas holdup), it can be expected that bubble size

will increase due to bubble coalescence as the azimuthal Reynolds number increases.
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Figure 2.6 Normalized bubble size £#{r.-r;)) calculated using the correlation of Eq. (2.13)

versus the measured values using Eq. (2.10).

Detailed simulatiors of bubbly flow in a TayloiCouette reactomay require a
distribution of bubble sizerather tharsimply the Sauter meadiameter The distributiors of
bubble sizes calculated using.K.9) for five experimental cases are showrFigure 2.7,
and each distribution is fit to a lagormalprobabiity density functiorhaving identical values
of the mean and standard deviation as the corresponding experimental distribution. In all cases,
the experimentally determined bubble size distributions are well represented-tgrhogl

fundions.
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Figure 2.7 Probability density function of the Sauter diameter of bubblga&ing Eq. (2.9)

and comparison against leagormal distribution.

Following the same approads for the Sauter mean diameter,carrelation was

developed for calculating the mean value of thedogmal bubble size distributipnesulting

in the following equation:

t o pmmY® YQ ¢& pmn 8 (214

which results ira nomalized R value of 0.963

The standard deviation of the size distributions was approximately @ p 18t |

for all cases considered, and did not appear to obey any trend with respect to the independent

parameters. In addition, tkeerage ellipticityof the bubblesvaséO0 T& ¢ T ¢

2.5.2 Mass Transfer Coefficient

Values ofk_a were obtained from dissolved oxygen measurements describection

2.3.3, and these results are reported able 2.3 for various cylinder rotation speeds and gas

flow rates. In four instances, experiments were repeated two times intordetermine

variability of the data. As a result of these replications, the data represented in this study are
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estimated to be reproducible within a deviation o¥at®Rather thamperformingexperiments
for every possible combinatiaf axial and azimuil Reynolds numberapproximately 63%
of the cases were studied.

Table2.3 Measured values of & [sY] calculated for different experimental conditions at axial location
of 12.7 cm.

m
0 100 200 300 400 500 600 700
vvim

0.059 0.0021| 0.0027| 0.0028| 0.0032| 0.0038| 0.0046| 0.0063| 0.0066

0.117 0.0048| 0.0051

0.235 0.0069 0.0076| 0.0081 0.0090

0.352 0.0104| 0.0105 0.0114 0.0155
0.470 0.0109| 0.0126| 0.0127| 0.0129| 0.0142 0.0185
0.587 0.0153| 0.0155| 0.0156| 0.0160| 0.0191| 0.0205
0.705 0.0138| 0.0179| 0.0179 0.0183 0.0225

Direct measurement of the gas holdapd thus the specific interfacial surface area
was not performedue to the complicated motion of the water free surface in the reactor caused
by the rotation of the inner cylindand the escaping gds order to cope with this limitation,
the following definition of thenodified Sherwood number based on B&uter nean diameter

of bubbles was used in this stu@aenton and lllangasekare, 2013; Sujatha et al., 1999)

" —— (215

The diffusion coefficient of oxygen in waterlis=2.1x10° m?s for the averageom

temperaturat which experiments were performétbrcases with a rotating inner cylinger
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is reasonable to assume that the Sherwood nuwibbetepend upon the strength of the wall
driven Taylor vortex flow (characterized by the azimuthal Reynolds number) as well as the
strength of the axial gas flow (characterized by the axial Reynolds number). As was discussed
previously, a more general celationaccountingor buoyancy and surface tension would also
include other factors such as the Bond numl®rrt since these factors were not considered,
they are omitted here. It should also be noted that the bubble size correlatio2at Hgvas
used tocompute the Sherwood number. Thass transfezorrelationresulting from nonlinear
least squares regressisrgiven by

YQ pg8uv pmmYP YQ pg8 x pmt 8 (2.16)

The values othe Sherwood numb@redicted by this equatiare compared to values
calculated from experimental measuremeént&igure 2.8, and he normalized Ris 0.984,

thereby demonstrating an excellent fit
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Figure 2.8 Comparison of measured and calculated Sherwood number.
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It can be seen from the gposed correlation that at low rotatigpeeds, théerm
containing theazimuthal Reynolds number is dominated by the constant in parentmesis
consequentlymass transfecoefficients are predicted to be insensitive to cylinder rotation
speed for small azimuthal Reynolds numbers. In contnashcaeasen the value of the aal
Reynolds number results imonotonic growth in the value of Sherwood number.

Figure2.9 shows a comparison of the volumetric mass trawsta of the current study
with those published by Dlusldial ( D§ u s k a  dar a sanilar range2o0alidl lReynolds
numbers. It is important to note that their experiments were performed using a horizontal
Taylor-Couette system with eftow of liquid and gas phases, using various ratios of the
volumetric flow rates of the gas anduid phases. In contrast, in the present study there is no
net axial flow of the liquid phase and buoyancy can be expected to play an important role in
driving the axial component of the gas bubble velocity. Here the axial Reynolds numbers are
calculatedbased on the superficial gas velocity according to ZE8) and the superficial liquid
velocity is neglected. Therefore, direct comparison of axial Reynolds numbers used in the two
systems is not possible, and it should be observed that the differemesibéhe superficial
gas and liquid velocitiesic T uL, in the system with clow can be negative, positive or zero
whereas it is always positive for the sdmich system. Nevertheless, Fig. 9 demonstrates that
interphase mass transfer is significangiyhanced by rotation of the inner cylinder for a
horizontal orientation with clow of the two phases, whereas mass transfer is relatively
insensitive to cylinder rotation speed for the vertical reactor orientation andba#hi
operation. With no innecylinder rotation, the mass transfer coefficients in the vertical and

horizontal reactors are similar irrespective of the axial flow conditions used.
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The difference in the dependence of interphase mass transfer coefficients for the two
reactors and flow anfigurations may be explained as follows. In the horizontaflave
configuration at sufficiently low cylinder rotation speed, the gas will not be uniformly
distributed azimuthally due to the strong relative contribution of buoyancy, and hence gas
accumudtes at the azimuthal location corresponding to the highest vertical location in the
gravity field. Higher cylinder rotation speeds result in greater azimuthal (and radial) dispersion
of the gas as well as smaller bubble sigegdu b acz and .\Ks am@slkafthis 2004)
dispersion and breakup of the gas phase into smaller bubbles, interfacie¢ suda increases
as the azimuthal Reynolds number increases and it can be observed that the increase in the
value ofk.a is merely due to the increase of the interfacial &rddag us ka ettisal . |,
shown that the value of timeass transfer coefficient stays relatively constant for the horizontal
reactor above a threshold of rotation speed that corresponds to break up of the large gas regions
into smaller individual bubblejeridi et al., 2004)

Furthermore, in the horizorteonfiguration the buoyant force has no axial component
and only acts in the radial and azimuthal directions, leading to higher bubble slip velocities
where the buoyant force opposes fluid motion. In contrast, as reported in section 4.1, bubble
sizes incease with an increase in azimuthal Reynolds number in the vertical configuration. In
addition, the bubble dynamics are very different since the buoyant force acts only in the axial
direction in the vertical reactor. As was discussed in se&tr, increases in the cylinder
rotation speed lead to radial bubble migration towards the inner cylinder and between the
Taylor vortices and bubble simgcreasesDue tothis effect, the change in the interfacial area
in the vertical reactor as a result of higher rotation speeds is expected to be fairly negligible

comparing to the horizontal reactor.
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Figure2.9 Volumetric mass transfer coefficient versus azimuthal Reynolds number at moderate
to high axial Reynolds numbers compared with data for a horizontal F@yloette reactor with co

flowof phase¢ Dguska et al ., 2001)

It is also useful to compare interphase mass transféfraiests in a sembatch vertical
Taylor-Couette vortex reactor with those observed in stirred tanks. For example, the correlation
of Kapic and HeindglKapic andHeindel, 2006)mplies the following relation:

Qe 680 8 (2.17)

This type of function inherently assumes the mass transfer coefficient to be zero when
the impeller is stopped which in the correase, it needs to converge to the bubble column
value. In order to make the comparison possible, using data obtained in the present study
excluding the nomotating cases, an analogous correlation can be developed for the volumetric
mass transfer coeffiart in terms of parameters corresponding to those in Eq. (2.17) by

equating the impeller diameter in a stirred tank with the inner cylinder diameter of a Taylor

vortex reactor as follows:
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Vo M cod 8 (2.18)

This correlation has a normalized Rlue of 0.981, which is an excellent fit within the
range of the parameters studied. Comparison of exponents in Egs. (2.17) and (2.18) gives
insight into differences between the two types of reactors.iffjadly, volumetric mass
transfer coefficients in stirred tanks are more sensitive to both superficial gas velocity and
impeller speed. In contrast, the generation of fluid shear through the motion of a long smooth
wall (as opposed to an impeller) resulisformation of Taylor vortices, large scale flow
structures that efficiently transport energy and momentum towards the outer wall with
relatively small variation in local shear rate, as compared to a stirred tank. This characteristic,
namely the relatidg uniform shear environment in a Taylor vortex reactor, is highly
advantageous for processing material that may be susceptible to shear stress damage, such as
microorganisms. However, much greater rotation speeds (as compared to the impeller in a
stirredtank) are then required to distribute energy to smaller length scales that are efficacious
for increasing interphase mass transport via bubble size reduction and increase of bubble slip
velocity.

In the absence afiner cylinderotation, the Taylor vortereactor becomes an annular
bubble columnand therefore it is useful to considmparison of the correlations developed
here (forRes = 0) with thoseavailable for bubble colunsnFurthermore, because the rise of
the free surface location (with and without gas flow) at the top of the reactor can be easily
measured in the absence of inner cylinder rotation, the gas h¢@ldumould also be
determinedThe results of thesmeasuremds are shown irFigure2.10, where it can be seen

that gas holdup increases linearly as a functionsgperficial gas velocity with a slope
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us¥c=0.23, which is esswially the same as the value of 0.24 reported for cylindrical bubble

columns(Hills, 1976)
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Figure 2.10 Measured gas holdup versus gas flow rate for an annular bubble column (no
cylinder rotation).

The value for the interfacial surface area can then be calculatedthsifigjlowing

equation(Popovic and Robinson, 1989)

@ 9 o (219

and theusual definition of th&herwood numbearan be use(Akita and Yoshida, 1973;
Popovic and Robinson, 1989)

" — (220

Sherwood number computed using Eq. (2.2@ presented ifrigure 2.11 and are

compared witlthose obtained in cylindricélubble columrexperiment®f Akita & Yoshida

(Akita and Yoshida, 1973Here the Galilei number is defined as:

0% — (221
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Figure 2.11 Comparison of Sherwood vs Galilei numbers for annular and cylindrical bubble
columng(Akita and Yoshida, 1974)

Figure2.11shows thathe Sherwood numbers for the annular bubble colaramarger
than those reported for cylindrical bubbtdumrs. Figure 5 may provide insight into the cause
of this difference. Specifically, most bubbles in a cylindrical bubble column have low aspect
ratio and are essentially spherical. The annular geometry produces many more bubbles with
high aspect ratio (greater ellipticity) and consequently greater specific interéaeial
Evidently, the greater specific wall area and narrow confinement in the annular geometry

results in increased bubble deformation due to high shear stress near solid surfaces.

2.6 Conclusion

Experimental measurements were perfornted obtain bubble sizeand shape
distributiors and liquid phaserolumetric mass transfer coefficierits a vertically oriented

semibatchTaylor-Couette reactofor several combinations of axial and azimuthal Reynolds
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numbersBubble size distributions were found to be-togmadly distributed, andhe Sauter
mean diameter was shown to monotonically increase with incremsiag cylinder rotation
speed and gas flow raéecording to a power law relation

Similarly, a correlation was developed to describe the dependence ajutigeside
volumetric gadiquid mass transfer coefficient on azimuthal and axial Reynolds numbers.
Although the mass transfer coefficient increases with both axial and azimuthal Reynolds
numbers, the dependence upon azimuthal Reynolds number is relataaddywvhen compared
to data obtained in horizontal Taylor vortex reactors witHfl@e of gas and liquid. The
observed differences can be explained by considering the contribution of the buoyant force to
bubble size and spatial distribution. Specificailhyhorizontal reactors the buoyant force can
be resolved into radial and azimuthal components and does not contribute to axial motion. As
a result, increase in the inner cylinder rotation speed (azimuthal Reynolds number) leads to
increased azimuthal anddial dispersion and smaller bubble size. In contrast, for vertical
Taylor vortex reactors, the buoyant force acts only in the axial direction, and increases in
cylinder rotation speed concentrates bubbles near the inner cylinder wall and between the
Taylor vortices, producing larger bubbles.

For the instance of no inner cylinder rotation, the Taylor vortex reactor reduces to an
annular bubble column and mass transfer coefficients can be compared with those for
traditional cylindrical bubble columns. Buleb$ize and shape measurements demonstrate that
bubbles have higher aspect ratio in annular columns compared to those observed in cylindrical
columns, leading to slightly greater values of the volumetric mass transfer coefficient in the

annular system.
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Although volumetric mass transfer coefficients in vertically orientedigaisl Taylor
vortex reactors do not increase as rapidly with increasing azimuthal Reynolds number as in
horizontally oriented reactors, typical values for the turbulent flow condistumdied here
rangedbetweerk a = 0.01-0.02 st. When compared with characteristic time scales for slow
reaction processes, such as those that occur in photosynthetic microorganisms to preduce bio
oil, these values suggest that vertical-gasid Taylor vortex reactors are not mass transfer

limited for these applications.
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CHAPTER 3
EXPERIMENTAL INVESTIGATION OF THE EFFECTOF ETHYL ALCOHOL
SURFACTANT ON OXYGENMASS TRANSFER AND BJBBLE SIZE DISTRIBUTION

IN AN AIR-WATER MULTIPHASE TAYLOR-COUETTE VORTEX BIOREACTOR

This chapter is a manuscript under preparation for submission to Chemical Engineering

Journal.l am the main contributor to this work.

3.1 Abstract

Volumetric liquid mass transfer, bubble size distribution, and bubble shap=
measued in a vertically oriented serbatch gasiquid Taylor-Couette vortex reactor witin
aspect ratioof i = h J4rif=#A0 andradius ratioof d =i/ro=0.75 Azimuthal Reynolds number,
Axial Reynolds number and Capillary number were varied between 0xd®, ¥ to 99, and
6.1x10° to 76.0<10°, respectively. Powdaw correlations based on these data are presented
for dimensionless Sauter mean diameter and Sherwood number in terms of the dimensionless
parameters. Presence of ethanol as surfactant in the kepsdshown to inhibit bubble
coalescence, which in addition to a lower interfacial surface tension causes a generally lower
bubble size at higher concentrations of surfactant. It was also shown that the mass transfer
coefficient generally increases withgher concentrations of surfactant. Both the bubble
diameter and mass transfer are influenced more at lower concentrations of surfactant and

introduction of higher amount of ethanol causes a lower change in both parameters.
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3.2 Introduction

Gasliquid masstransfer in agitated vessels is a problem with important industrial
applicationsandit has been studied extensively, including the development of correlations for
volumetric mass transfer coefficienieactors typically used for these applications inelud
bubble columngBehkish et al., 2007; Calderbank and Lochiel, 198dijnen et al., 1984;
Linek et al., 2005b; Dale D Mcclure et al., 2015; Pittoors et al., 2014; Vasconcelos et al., 2003)
stirred tankgBoualifi et al., 2001; Hassan et al., 2012; Kapic and Heindel, 2006; Labik et al.,
2014; Schluter and Deckwer, 1992; Ungerman and Heindel, 280d@yariouswall-driven
gasliquid reactors(Baier et al., 2000; Gao et al.,, 2015a; Haut et al., 2003; Hubacz and
WroEGski, 2004; Nemr. e t . Mass transf@r ih thdse syfResnm@iz a n i
be affected by severaldeors including the presence of impurities, additives, or surfactants,
the latter of which has been subject to extensive res@archomezDiaz et al., 2009; Diego
GomezDiaz et al., 2009; Hebrard et al., 2009; Jamnongwong et al., 2010; Ozbek and Gayik,
2001b; Sardeing et al., 2008)lost studies haviocused on bubble columiidsgharpour et
al.,, 2010; @en et al., 2013; Garcidbuin et al., 2013; Jia et al., 2015; Koide et al., 1985;
Vazquez et al., 2000although various other reactors have also been considerddek and
Heideger, 1971; Moraveji et al., 2012; van der Meer et al., 1992; Zhang et al., P018¢
best of our knowledge, there has been no study reported using aCauleite vortex reactor.

Taylor vortex flow occurs in the annular spaedeen two concentric cylinders, with
a rotating inner cylinder and a fixed outer cylinder, as shoviaigare3.1. The flow patterns
and instabilities produced habeen extensively studigdndereck etal., 1986; Bilson and
Bremhorst, 2007; Dong, 2007; Donnelly, 1991; Fenstermacher et al., 1979; Lathrop et al.,

1992; Pirro and Quadrio, 2008; Pudjiono et al., 1992; Taylor, 1923; Wang et al., 2005a;
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Wereley and Lueptow, 1999, 1998)aylor vortices havebeen used imnseveralvaried

applications such as water purificatigputta and Ray, 2004)emulsion polymerization

(Imamura et al., 1993; Kataoka et al., 199g)uid-liquid extraction(Baier et al., 2000; Davis

and Weber, 1960pigment preparatio(Kim et al., 2014)photocatalysig¢Sczechowski et al.,

1995) culture of animal cell§Haut et al., 2003)and cultivation of microalga@rown et al.,

1964; Kong and Vigil, 2014; Kong et al., 2013; Oasmaa et al., 2008) phase Tayler

Couette flow is very different from single phase and severaksstiag phenomena occur with

the addition of the second phase. A variety of temporal and spatial hydrodynamic structures

are observed with feeding two immiscible liquids into a horizontal Taylor vortex flow cell

(Baier and Graham, 2000; Campero and Vigil, 1999, 1997; Zhu and Vigil, 2006ttbyluction

of a gas phase into a vertical liquid Taylor vortex flow cell dramatically decreases thendrag o

the rotation inner cylinder and causes nontrivial spatial distribution of gas b(Gblesippe

et al., 2014; Dusting and Balabani, 2009; Maryami et al., 2014; van Gils et al., 2013; Van Gils

et al., 2011; Worguchoto et al., 2003b)Some recent studies have been performed in order

to characterize these ghguid interactions in TayleCouette flowy Dgus ka et al . ,

et al ., 2015b; Hu b a zaniedah,@01%/r o Es ki , 2004; Ran
Interfacial surface tension between gas bubbles and the continuous liquid phase affects

mass transfer, bubble sigilves et al., 2002; Dumont et al., 2006; Goridaz et al., 2008;

Jordan and Schumpe, 2001; Painmanakul et al., 20@b3oalescence and breakup of bubbles

(Anastasiou et al., 2010; Chern et al., 2001; Sch et al., 2002; Walter and Blanch, 1986)

Generally, the addition of surfactant reduces the size of bubbles, resulting in increasied spec

interfacial surface area,(Chaumat et al., 2007; Garefuin et al., 2012, 2010; D. Gomez

Diaz et al., 2009; Hebrard et al., 2009; Ozbek and Gayik, 2G0ibpas holdupHur et al.,
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2014)while simultaneously decreasing the liquid side mass transfer coefflciéBelo et al.,
2011; Mcclure et al., 2014Hence, the overall effect of addition of surfactants on the gas
liquid mass transfer rate depends upon whekher ais more sensitive to these additives. In
general, surfactants have a much larger impact on interfacial surface area, and therefore the
value ofk,a increases with introduction of additivéasgharpour et al., 2010; Benedek and
Heideger, 1971)Examples of such surfactants in aqueous systems include gl&ohstasiou
et al.,, 2010; Dumont et al., 2006; Gargibuin et al., 2010; Hur et al., 2014; Jordan and
Schumpe, 2001; McClure et al., 201§lycerol(Ozbek and Gayik, 2001jhe Tween family
(Belo et al., 2011; Diego Goméxaz et al., 2009)sodium siphite solution(Linek et al.,
2005a, 2004)ionic surfactantéMoraveji et al., 2012)and various sugaf€hern et al., 2001;
Dale D. Mcclure et al., 2015)

Following our previousvork showing thedevelopment of empirical correlations for
bubble size and volumetric interphase mass transfer coeffi¢Ramsezani et al., 2015his
paper extends the analysis to include the effect of interfacial surface tension on the iolumetr
liquid side mass transfer coefficient as well as the size distribution and shapes of buables
vertically oriented serdbatch gadiquid Taylor vortex reactor. It is showthat for fixed
reactor geometry (cylinder radii and lengtthe volumetricmass transfer coefficient and
droplet diameter depentbt onlyon the axial and azimuthal Reynolds numbeérg also on
the Capillary numberThese results are then compared with previous work and conclusion

are drawn.
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3.3 Experimental Methods

3.3.1 Apparatus and Operating Conditions

The apparatus used in this study is identical to the one previously used in experimental
and numerical studies of the oxygen mass transfer in a range of operating conditions in a
Taylor-Couette bioreactofRamezani et al., 2015A drawing of theapparatus is shown in
Figure 3.1, and the main features of the device includdius ratio and aspect ratio of
d =ilro=0.75and i = hJrif=A0 respectively The procedure for measuring the liquid side
mass transfer coeffiant and bubble size and analyzing the collected data was the same as that
used by Ramezani et @Ramezani et al., 2015)ith the exception of a few modifications and

improvements described below.
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Figure 3.1 Taylor-Couette vortex reactqRamezani et al., 2015)

In the current study, inner cylindeotation rates of0 to 700 rpm were studied

producingazimuthal Reynolds numbers, defined as:
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YQ ———— (3.1)

up to5.1x10% For single phase flow, this range is well within the turbulent Taylor vortex flow
regime(Andereck et al., 1986 he molarcomposition of the gas fed to the reactor was chosen
to simulate air {9 nitrogen 21% oxyger), and thedtal volumetricgasflow ratewas varied
betweenl00 sccmand 800 sccm These feed rates translate to a range.@530.471 vvm

(vessel volumes peninute) The axialgasReynolds numbeis defined as:

YQ ——— (3.2)

using the superficial gas velocity and the hydraulic diameter of the annulus. Axial Reynolds
numbers ranged fromto 99, corresponding to superficial gas velocities ofedmn/s t03.67
mm/s. In the absence of cylinder rotation, these gas velocities correspond to the bubbly flow
regime when compared to a bubble column with the same hydraulic digi@k#dr et al.,
1982) A similar assumption leads to predicted dldups of approximatelys = 0.030.04
for the highest gas flow rate studigiampero and Vigil, 1999)
3.3.2 Modulation of Interfacial Surface Tension

A wide range of surfactants, including variations of Tweear@060, isopropanol, and
ethanol, were considered as a means for varying thdéigges interfacial surface tension.
Preliminary tests demonstrated that powerful surfactants such as the Tween family lead to
problems that make it difficult to carry out teeperiments. First, foaming of such surfactants
at the liquid free surface at the top of the reactor causes the concentration of the surfactant to
decrease over time, particularly in the lower range of concentrations considered. Second, such
surfactantsequire a dynamic method for measuring the effective surface tension, which in
turn depends on the renewal rate of the interfRosso et al., 20067 hird, the hydrophobicity

of these molecules causes them to migrate to the regions with an interface with air, which
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resuls in a gradient of surfactant concentration in the reactor with higher concentration at the
liquid free surface at the top. Even though the rotation of the inner cylinder and the resulting
mixing inside the reactor causes slight adjustment of this effectiniformity of surfactant
concentration throughout the reactor cannot be determined for certain. For the purpose of the
current study, homogeneity of the properties of working fluids is assumed and it is important
to be maintained for a proper measuretma mass transfer. Fourth, these surfactants take
some time to form micelles and to attach themselves to air buptdes and Stebe, 2000)

Our preliminary experiments demonstrated that Tween does not affect bubble formation and
interaction in the areas near the sparge stones. Most bubble coalescence occurs in the
immediate vicinity of the sparge stones due to gas holdup in this region @dbentering
bubbles have a very small size. Hence, if the characteristic time scale for the surfactant to act
on the bubbldiquid interface is too long, then the effect of interfacial surface tension on the
mass transfer and bubble size distributioh e masked. The time scale for most surfactants

to modulate the surface tension of an entering bubble is on the order of a few $€eonds

ard Stebe, 2000)By comparison, the typical formation time of bubbles in the reactor
(depending upon cylinder rotation speed and gas flow rate) is approximately a millisecond.
Therefore, we conclude that using surfactants such as Tween causes forfriattdries with
practically no influence from the surfactant.

In contrast to surfactants such as Tween, mixture of alcohol in water has several
advantages. The high solubility of alcohol allows for a wide range of surface tensions to be
achieved, in contst to amphiphilic surfactants. The change in surface tension is not caused
by formation of micelles, and hence no dynamic behavior need be considered. Furthermore,

the surface tension is spatially homogeneous. However, the relatively large mole fractions o
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alcohol needed to modulate surface tension leads to changes in the liquid mixture properties.
Nevertheless, since the aim is to develop empirical correlations for bubble size and interphase
mass transfer coefficients, these changes in fluid propertrebecaccounted for by making

use of dimensionless parameters. A concern arising from preliminary experiments using
different alcohols was an observation of apparent inhibition of bubble coalescence
phenomenon that has been previously repdted et al., 2014; Krishna et al., 200@or
example, the presence of relatively small amounts of ethyl alcohol, even below 0.5 mass
percent, in the working liquid practically prevents coalescence of gas bubbles frormbkatmo

of their introduction into the liquid through sparge stones. For example, the image on the right
side ofFigure 3.2 shows such bubbles for the lowest alcohol concentration studied here, and
the image on the left shows the bubble in the same experimental condition using only water.
The bubble sizes are chgadifferent in the two images, in spite of a very small change in
surface tension (~1.5%). Hence, by using sparge stones to break up the entering gas into tiny
bubbles, these tiny bubbles coalesce quickly and form larger bubbles, similar to the size show
in the Left side image dfigure 3.2 The presence of alcohol strongly inhibits coalescence even
far downstream from the gas injection point. In order to avoidotimislem, large gas bubbles

were introduced into the reactor using 23G blunt needles. In this way, coalescence is avoided
and bubbles reach a steastgte size via breakage mechanisms which in turn depend upon
reactor operating conditions that determine htgdrodynamics. Four needles located evenly
around the perimeter of the gap area between the inner and outer cylinders were installed and
the inlet tubings were carefully examined and adjusted for making a uniform inlet gas flow

from all the needles.
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Figure 3.2 Sample bubble images in reactor. Left: Using sparger stone in absence of alcohol |
Right: Using sparger stone in presence of alcohol.

Hence, in order to vary the ghguid interfacial surface tensig various mixtures of
ethanol and water were used for the continuous liquid phase. Ethanol concentrations up to a
mass fraction of 0.20 were employed, yielding-figsid interfacial surface tensions ranging
between 40.6 to 72.5 mPa.s, The correspondinge of the capillary number, defined as:

#A— (3.3

is 6.1x1C° to 76.0<10°. A lowest ethanol concentration of 0.46% is required for having a
marked influence on the hydrodynam{&jacki et al., 2013)Because in some cases large
mass fractions of ethanol were employed, fluid mixture properties were also affected as shown
in Table 1. Properties of the veaethanol mixture including density, viscosity, and interfacial
surface tension were acquired from Khattab et(khattab et al., 20123nd the saturation
concentration of air in water is calculated using the correlation of Battino @atino et al.,

1983) The diffusion coefficient of air in pure water and in pure ethanol was taken from Singh
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and Prasa(iSingh and Prasa@011) and mixture values were assumed to depend linearly on
mole fraction(Wong and Himmelblau, 1964)

Table3.1 Properties of EtanolWater mixture.

Mass fraction [%)]| Mole fraction [%] |} [kg/m®] | p [mPa.s] | G[10°N/m] | DL [10° m?/s]
0 0.0 997.7 0.96 72.5 2.01
0.46 0.18 997.3 0.97 71.5 2.01
5 2.06 993.0 1.12 61.6 1.99
20 9.78 977.1 1.68 40.6 1.92

3.3.3 Photographic Methods forBubble Size Determination

A CanonDSLR camerdEOS Rebel T3igquipped with a zoom lefEFS 1855 mm)
adjusted to a focal length of 31 nwias used to record images of the flow test section using a
shutter speed of 200 s and an aperture of f/14. orde to improve the clarity of the bubble
edges in the images, an indirect lighting system with multiple external flashes and reflective
umbrellas was used to decrease reflections from the inner cylinder. The sharpness of the images
allows for a more accuratietermination of the major and minor axes of bubtasshown in
Figure3.3.

The detailed procedure for measuring bubbles and equations used in calculation of the
bubble Sauter diameter are explained in length by Ramezan(Raalezani et al., 201and
similarly, the bubbles are assumed to take on a prolate shape for all cases withgainoiar
cylinder and an oblate shape for cases without rotation of the inner cylinder (annular bubble
column). The Sauter diameter of an individual bubble is an equivalent spherical diameter that

is calculated based on a volume equivalent diameter asarface equivalent diameter
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(Muroyama et al., 2012)This individual Sauter diameter is used for histogram plots and
measuring the size distribution of bubbles. However, in calculations of the mass transfer, the

Sauter mean diameter of all the bubbles is used.

Figure 3.3 Sample bubble image showing major and minor axis measurements.

3.3.4 Determination of Mass Transfer Coefficient

In contrast to our previous report, which used onlyiaiézed water for the liquid
medium, several mixtures ethanol and dénized water were used for this study. In order to
maintain consistency of fluid properties, for a given fluid composition, the same liquid was
used to perform experiments for all rotation speeds and gas flow rates considered, in contrast
to preparing a new batch of working fluid for each measurement.

In addition, the experiment was run in multiple successive cycles of purging and
introducing air to acquire an average for the mass transfer coefficient based on 3 successive
measurements in contrast to a single measurement in the previousAstyigal plot of the

dissolved oxygen concentration versus tioresuccessive cyclas shown inFigure3.4 Also
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indicated is the portion of the data that was used for rtrassfer calculationsAll the
measurements reported here show amaRie of over 0.95 with most cases being above 0.99

showing a great correlation for calculation of mass transfer.

0 500 1000 1500
t[s]

Figure 3.4 A full cycle of oxygen concentration data collectiGncles show the portion used
for mass transfer calculations.

The volumetric mass transfer coefficiemteasurement is performed using a dynamic
methodbased upon a time series of dissolved oxygen cdrat@ns,assumingwell-mixed
fluids in the reactorHence, an oxygen mole balance on the liquid phase (assuming that no

oxygen is dissolved in the liquid initially) leads to:
Dep — Q6o (3.4)
whee 6’ andd are the oxygen concentrations in the liquid for saturated conditions and at an

arbitrary timet, respectivelya is the specific gatquid interfacial surface area, akdis the

liquid sidevolumetric mass transfer coefficigi@@arciaOchoa and Gomez, 2009)
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3.4 Results and Discussion

A total of 44 exprimental trials were carried out, each corresponding to a specific
combination of ethanol concentration (mass fractions 0, 0.0046, 0.05, 0.2), gas flow rate (100
800 sccm), and cylinder rotation speed/( rpm). A range of rotational speeds frofii(D
rpm were studied with air flow rates of 2800 sccm corresponding to 0.0®©.47 vwm.The
superficial gas velocity varied from 3.7 mm/s.

3.4.1 Bubble size and shape

Representative probability distributions for the bubble Sauter diameter are shown in
Figure3.5 for various reactor operating conditions and fluid compositions. These data are well
fit by log-normal distributions, as was reported previously for deatch gadiquid Taylor
vortex flow (Ramezani et al., 2015 he mean of the bubble Sauter diameters varies between

2-4.5 mm for most cases with standard deviations of-0.22 mm.
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¥ EtOH(20%), 600 rpm, 400 sccm
EtOH(20%), 300 rpm, 100 sccm
150 EtOH(5%), 600 rpm, 200 sccm |

EtOH(0.46%), 500 rpm, 100 sccm
EtOH(0.46%), 300 rpm, 200 sccm
Water, 400 rpm, 400 sccm

4Q<copPb+0

Probability Density

0.5

Figure 3.5 Probability density of bubble Sauter diameter for several measured cases.
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Figure3.6 shows the effect of surface tension on Sauter mean diameter for a selection
of the studied cases. It is clear from the results that presence of surfactant in general causes
smaller bubble sizes. For the lowest surfactant concentration, despite the surface tension being
almost similar, bubble diameters are generall2%® smaller. Tis shows that independent
of the effect of ethanol on the surface tension, its ability to inhibit bubble coalescence plays a
major role in keeping the bubble sizes smaller. It is also evident from this figure that the
interfacial surface tension below ~6(IN/m have very minimal influence on the Sauter mean
bubble diameter. There are a few cases that show slight increase in bubble size with a decrease

in surface tension opposite to the general trend of most cases.

6
5 ¢ 1
4 | + % _
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£ 3l ]
N v O 0rpm, 200 sccm
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2r A 100 rpm, 400 sccm
O 300 rpm, 200 sccm
{ 400 rpm, 400 sccm
171 ¥ 500 rpm, 100 sccm
[> 600 rpm, 400 sccm
0 1 1 1 L
40 50 60 70
o [mN/m]

Figure 3.6 Effect of surface tension on Sauter mean bubble diameter.

It was attempted to fit several different types of functions including a plawer
correlation to the available bubble size data in terms of the independedinmemsional
parametrs with little success. The correlation for the best fit was found as given in Eq. (5).

This correlation has a2 value of 0.540 and a mean error of 5.6%.
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— Pwpmn2R 2A ppopmn ® #AB (5)

A representation of the performance of this correlation is giv&mure3.7. It can be
observed that this correlation can provide a good estimate for the bubblevein though
individual correlation terms specially the azimuthal Reynolds number show relatively poor
performance. Further study of the details of the bubble behavior in this reactor is undergoing
and preliminary results show that the bubble size vandtom the bottom to the top of the
reactor can be significant in higher rotation speeds. Even though using the Sauter mean
diameter for the purpose of mass transfer measurement is accurate enough, this value does not
accurately represent the complex letion of bubble size in this reactor. In order to provide a
proper measurement of bubble size in a Ta@louette reactor, it is necessary to measure
bubble size as a function of the reactor height and make an attempt for providing separate
correlations ér initial and final bubble size. Such detailed measurement of bubble size is

beyond the scope of the current study.
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Figure 3.7 Performance of the bubble Sauter diameter correlation.

In addition to the siz of the bubbles, it was attempted to characterize their shape
assuming them to take on the shape of oblate spheroids feotadimg cases and prolate
spheroids for rotating cas¢Ramezani et al., 2015 The average ellipticity of bubbles as a
function of the intdacial surface tension is shown kigure 3.8 for several of the measured
cases. It can be seen from this figure that bubbles have on average an ellipticHg.8ft0ak
corresponds to an aspect ratio of-2.@. The lowest studied ethanol concentration generally

shows slightly less elliptical bubbles compared to the water only measurements. Even though















































































































































































































































































































